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a b s t r a c t

A two-dimensional mathematical model for removal of acid gases (H2S and CO2) by methyl diethanol
amine in a commercial sieve tray column has been developed. The velocity profile in the liquid both in
radial and axial directions of each plate has been calculated by Eulerian–Eulerian computational fluid
dynamics framework. In order to establish the temperature and concentration profiles in radial and axial
directions of plates, mass and energy balance equations have been developed and solved numerically. A
non-equilibrium rate based method combined with the two-film theory has been considered to obtain
omputational fluid dynamics
as sweetening

concentration profile. In this model most of the important parameters in the gas absorption process have
been included, therefore one can expect that the model will be able to predict the performance of the
columns at wide ranges of operating conditions. The results obtained by the model using operational data
of a commercial plant indicate that there exists appreciable distribution of velocity, concentration and
temperature in radial and axial directions. More interesting finding is that the extent of these distributions
decline from bottom to top of the column as is expected. In fact, good agreement was noticed when the

pare
results of model were com

. Introduction

Natural gas is considered sour if it contains H2S and CO2. Before
he gas can be used, these acid gases should be removed by
weetening process. In this processes usually N.G. is sweetened by
eparation of H2S and CO2 in a sieve plate or packed type columns.
n these columns, usually the gas and amine get in contact by a
ounter-current flow pattern in order to transfer these gases into
he amine.

The gas absorption is a well-known technique and it is one of the
ost common method for separation of acid gases in gas refineries.
lthough this method is energy intensive, nevertheless it is the first
hoice among different separation techniques. Alkanolamines are
idely used for purposes of separation of acid gases from natural

as. These amines have high ability to absorb the acid gases because
he chemical reactions between the alkanolamines and these gases
reate a good driving force, which is necessary for absorption pro-
ess. Since these chemical reactions are reversible, therefore, the

lkanolamines can be recovered easily.

The occurrence of ionic reactions in one hand and lack of
nformation about the tray hydraulics in the other hand raise

challenging design task. There are enough evidence that in

∗ Corresponding author. Tel.: +98 711 2303071; fax: +98 711 6287294.
E-mail address: fathi@squ.edu.om (J. Fathikalajahi).

385-8947/$ – see front matter © 2009 Elsevier B.V. All rights reserved.
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d with operating conditions of an industrial column.
© 2009 Elsevier B.V. All rights reserved.

the commercial size trays there exist velocity, concentration and
temperature gradients in the radial direction. These non-uniform
distributions not only reduce efficiency but also inaccurate predic-
tion of column performance will be obtained once they are ignored.
In order to account for these mal-distributions in the model one
should incorporate the fundamental concepts of fluid mechanics. In
fact, in the most of previous studies the fluid mechanics have been
ignored altogether [1–3]. One reason for the reluctance to approach
the modeling in a more fundamental way is the difficulty of solv-
ing the large and complex equations of two- or three-dimensional
multi-phase systems.

For a given set of operating conditions (gas and liquid flows), tray
geometry (column diameter, weir height, weir length, diameter of
holes, fractional hole area, active bubbling area, downcomer area)
and system properties, it is required to predict the fluid flow on
the tray, residence time distributions and the mass transfer rates in
each fluid phase.

One of the major assumptions made in modeling of distilla-
tion and gas absorption processes is considering each tray as an
equilibrium stage (liquid and vapor streams leaving the tray are at
equilibrium) and usually hydrodynamics of the tray is neglected.
Neglecting this phenomenon shadows the predicted parameters in

the large scale tray based on efficiency of a small scale tray. The
inadequacy in the models to some extent was corrected by using the
concept of (a) tray Murphree efficiency or (b) by non-equilibrium
concepts [4]. Currently the most common assumption in distil-
lation and absorption models is the concept of the fully mixed

http://www.sciencedirect.com/science/journal/13858947
http://www.elsevier.com/locate/cej
mailto:fathi@squ.edu.om
dx.doi.org/10.1016/j.cej.2009.03.004
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Nomenclature

a interfacial area (m−1)
A tray area (m2)
A1 dimensionless concentration of CO2 in the liquid

film
A2 dimensionless concentration of H2S in the liquid

film
B2 dimensionless concentration of MDEA in the liquid

film
Ah hole area (m2)
C concentration (kg/m3), (mol/m3)
CD drag coefficient
Cp specific heat (J/mol K)
dG diameter of bubble (m)
D diffusivity (m2/s)
De Eddy diffusivity (m2/s)
E enhancement factor
E2 dimensionless concentration of HCO3

− in the liquid
film

E3 dimensionless concentration of HS− in the liquid
film

F2 dimensionless concentration of MDEAH+ in the liq-
uid film

G dimensionless group defined in Table 2
g vector of gravity acceleration (m/s2)
H specific enthalpy (J/mol)
h molar enthalpy (J/mol)
hcl clear liquid height (m)
hf froth height (m)
hw weir height (m)
k

◦
l

mass transfer coefficient (m/s)
L molar flow rate of liquid phase (mol/s)
lmix Prandtl mixing length (m)
Lw weir length (m)
ML.G interphase momentum transfer (kg/m2 s2)
P pressure (Pa)
pi dimensionless concentration of species defined in

Table 2
Q volumetric flow rate (m3/s)
RMDEA dimensionless reaction rate of CO2 and MDEA

defined in Table 2
rp,k interface momentum transfer caused by mass trans-

fer (kg/m2 s2)
Sc Schmidt number
pi dimensionless diffusivity of species defined in

Table 2
T temperature (K)
u x-component of velocity (m/s)
U superficial velocity (m/s)
v velocity vector (m/s)
vslip sleep velocity (m/s)
v y-component of velocity (m/s)
V molar flow rate of gas phase (mol/s)
w z-component of velocity (m/s)
x Cartesian coordinate, mole fraction of liquid phase
y Cartesian coordinate, mole fraction of gas phase
z Cartesian coordinate, only is defined for liquid film

geometry (m)

Greek symbols
˛ molecular temperature conductivity (m2/s)
ı film thickness (m)
ϕ volume fraction of each phase

� interphase mass transfer (kg/m2 s)
� dynamic viscosity (kg/m s)
� kinematic viscosity (m2/s)
� density (kg/m3)
� shear stress (Pa)
� ′ Reynolds stress (Pa)
� dimensionless distance from liquid interface

Superscripts
abs absorption
liq referring to liquid phase
vap referring to gas phase
tr transpose

Subscripts
avg average
blk bulk
G referring to gas phase
k phase number
L referring to gas phase
ref reference

t turbulence
wall tray wall

ideal tray—i.e. spatial variations in concentration, temperature and
velocity are ignored.

In recent years, advancements have been made by applying CFD
for simulating the liquid flow on a tray by means of various the-
oretical models, such as the stream function model [5], the k–ε
turbulence model [6] and the two-fluid turbulence model [7].

Several investigators have attempted to include the hydrody-
namics of plate in the model by using CFD [8–12]. Although the
previous models are able to give satisfactory results for the velocity
profile at different liquid rates, but they have overlooked effect of
chemical reactions in the liquid. The vapor–liquid flow on a tray is
also characterized by cross flow of the two phases. In this theory,
the liquid phase is usually considered as continuous phase and the
upward vapor flow is supposed to be dispersed phase [9].

Mehta et al. [8] have analyzed the liquid phase flow patterns
on a sieve tray by solving the time-averaged equations of trans-
port only for the liquid. Interactions with the vapor phase are taken
into account using of interphase momentum transfer coefficients
determined from empirical correlations. Yu et al. [12] attempted
to model the two-phase flow behavior using a two-dimensional
model, focusing on the description of the hydrodynamics along the
liquid flow path, ignoring the velocity profile of gas along the height
of the plate. Fischer and Quarini [10] have attempted to describe the
three-dimensional transient gas–liquid hydrodynamics. An impor-
tant key assumption made in the simulations of Fischer and Quarini
concerns the interphase momentum exchange (drag) coefficient;
these authors assumed a constant drag coefficient of 0.44, which
is appropriate for uniform bubbly flow. This drag coefficient is not
appropriate for description of the hydrodynamics of trays operating
in either the froth or spray regimes.

van Baten and Krishna [11] developed a three-dimensional tran-
sient CFD model, within the two-phase Eulerian framework, to
describe the hydrodynamics of a sieve tray. The required exchange
coefficient of interphase momentum transfer is estimated based on

the correlation of Bennett et al. [13] for the liquid hold-up. Krishna
has carried out his simulations with varying superficial gas velocity,
liquid weir loads, and weir heights.

There are yet other excellent surveys of the literature in this area
[14]. Literature contains correlations for tray hydrodynamics which
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Fig. 1. Simplified flow diagram

re largely empirical in nature. In a recent policy document on sep-
rations gathered by a group of industry and university experts, a
ack of in-depth understanding of the processes occurring within a
istillation column was believed to be a significant barrier to the
urther improvement of equipment performance. The experts cited
ransport phenomena such as fluid flow, heat and mass transfer,
nd multi-phase flow as subjects that are insufficiently understood
15].

Material and energy balance equations are common to all
ethods. There are equilibrium and non-equilibrium models of

eparation process in the column. Drawback of non-equilibrium
odels [16,17] are complication of calculating driving forces for
ass and energy balance where flow structures is considered.
igler et al. have developed a non-equilibrium model for reactive
istillation by using a cell approach [18–22].

In this study a new two-dimensional mathematical model for
bsorption of CO2 and H2S from natural gas using solutions of
lkanolamines has been developed. In this model tray space is dis-
retized as a set of cells in axial and radial directions and velocity
rofile of liquid is calculated at each point of the tray. In each cell
nergy equation and mass transfer equations including reactions
re written according to the two-film theory across the liquid film.
n comparison with Higler’s cell model for reactive distillation in

hich equal flow rates were assumed to all cells of the tray, in this
odel we have used his idea and divided the plate space to many

ubic cells with different flow rates.

. Gas sweetening plant

A typical gas sweetening unit is shown in Fig. 1. The unit consists
f two tray or packed towers namely, the absorber and the stripper.
he acid gas is introduced at the bottom of the absorber generally
t pressure ranges of 10–70 bar, and contacts counter-currently the
ean amine solutions, which enters at the top of absorber at tem-

eratures varying between 30 and 50 ◦C. The amine solution, which

eaves the bottom of the absorber loaded with the acid gas, is heated
y the lean amine solution leaving the bottom of the stripper. The
oaded or rich solution is then introduced at the top of the stripper.
team is introduced at the bottom of the stripper to decrease the
n acid gas-alkanolamine unit.

partial pressure of the acid gas and supply the heat necessary to
enhance the reverse reactions.

The concentrated acid gas stream leaving the top of the strip-
per is cooled and flashed to recover the steam and the vaporized
amine. The condensate is refluxed to the top of the stripper. The
stripper usually operates at low pressure (below 1 bar) and high
temperature (100–120 ◦C).

3. Mathematical modeling

Modeling two-phase flow requires the use of appropriate con-
servation equations that can account for the behavior of each phase
and the interactions between them. In this work, the two-fluid
model of Ishii [23] is used.

The foundation for the two-fluid model is the local instanta-
neous formulation of the momentum and continuity equations
on a continuum scale. Two-phase flow is visualized as a “num-
ber of single-phase regions bounded by moving interfaces” Ishii
[23]. In the local instantaneous formulation, single-phase conser-
vation equations are implemented in the continuous regions and
jump conditions are used to match the phase interfaces. Each of
the single-phase region obeys the general single-phase balance
equations of mass, momentum, and energy. The two-fluid model
is developed by taking an Eulerian time and volume average of
the instantaneous formulation. High frequency fluctuations in flow
are filtered out, leaving only the low frequency effects that are of
interest [24].

In steady state conditions, each phase is also constrained by the
volume-averaged continuity equation:

∇ · (ϕk�kvk) = �k k = 1, 2 (1)

The interfacial mass transfer, � k, is constrained by the overall
conservation of mass law. The volume-averaged momentum bal-
ance equation can be expressed as follows:
∇ · (ϕk�kvkvk) = −∇(ϕkPk) + ∇ · (ϕk(�k + �t
k)) + ϕk�kg + MLG (2)

The terms on the left hand side of Eq. (2) account for the convec-
tive acceleration. The terms on the right hand side account for the
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ressure (Pk), the viscous stress (�k), Reynolds stresses (�t
k
), body

orces (�kg), and interfacial momentum transfer (MLG), respectively.
On industrial size sieve trays, the froth height is typically an

rder of magnitude smaller than the tray diameter (a typical froth
eight is in the order of 0.2 m; a typical industrial column diameter

s in the order of 2.0–5.0 m). In addition, the velocity of gas rising in
he vertical direction is much greater than the velocity of the liquid
owing across the tray deck. Because of these two reasons, the gas
esidence time in the froth zone is much shorter than the liquid
esidence time. Due to the short residence times, it can be assumed
hat the gas moves through the froth in a plug flow pattern [24].

The viscous stress term �k, is most commonly modeled using
he assumption that each phase is a Newtonian fluid:

k = �k(∇.vk + (∇.vk)tr) (3)

The turbulent stress is evaluated using an equation with the
ame form as the viscous stress calculation, Eq. (3):

′
k = �k,t(∇.vk + (∇.vk)tr) (4)

The equations used for the single-phase formulation are derived
rom Ishii’s two-fluid formulation that is described previously. The
hase momentum balance equation, Eq. (2) is combined with Eqs.
3) and (4) to give the following equation:

.(ϕk�kvkvk) = −∇(ϕkPk) + ∇.(ϕk�effective,L(∇.vL + (∇.vL)tr))

+ϕk�kg + ML.G (5)

here

effective,L = �L + �L, t (6)

Term ML.G includes two effects. The first is momentum mass
ransfer due to interfacial mass transfer and the second is momen-
um transfer based on drag between the two phases. This can be
hown by the following equation:

L.G = vk,s�k + rp,k (7)

The gas and liquid phases share the same pressure field, PG = PL.
he effect of interphase mass transfer on momentum transfer
etween phases has been ignored in the present analysis. The inter-
hase momentum exchange (drag) coefficient is estimated using
he Bennett et al. [13] correlation as basis. For gas–liquid bubbly
ows the interphase momentum exchange term is

L.G = 3
4

�L
ϕG,avg

dG
CD(uG − uL)|uG − uL| (8)

For the churn-turbulent regime of bubble column operation,
rishna et al. [25] estimated the drag coefficient for a swarm of

arge bubbles using

D = 4
3

�L − �G

�L
gdG

1

v2
slip

(9)

here vslip is the slip velocity of the bubble swarm with respect to
he liquid

slip = |uG − uL| (10)

Substituting Eqs. (9) and (10) into Eq. (8) results

L.G = ϕG,avg(�G − �L)g
1

v2
slip

(uG − uL)|uG − uL| (11)
The slip between gas and liquid can be estimated from superfi-
ial gas velocity UG and the gas hold-up ϕG,avg

slip = UG

ϕG,avg
(12)
ing Journal 151 (2009) 286–294 289

After some rearrangements van Baten and Krishna presented the
interphase momentum exchange term in the following form [11]:

ML.G = ϕG,avgϕL,avg(�L − �G)g

×
[

1

(UG/ϕG,avg)2ϕL,avg

]
(uG − uL)|uG − uL| (13)

All of the turbulence models developed for single and two-phase
flow have one or more fitted parameters. These parameters are
determined from experimental study. Even the simplest and most
limited turbulence model, the Prandtl mixing length model, has
a single fitted parameter, lmix. For the distillation system, there is
simply not enough data to correlate the required parameters.

A more limited model can be implemented in order to develop a
predictive model for turbulent viscosity. In this model, a turbulent
Schmidt number is defined:

Sct = �t,L

�LDe
(14)

Zuiderweg proposed the following eddy diffusivity correlation
for spray mixed froth regime flows [26]:

De = 8.3�Gu2
s h2

cl

�L(QL/Lw)
(15)

where Lw is weir length. Zuiderweg also proposed a correlation for
emulsion regime flows:

De = 3.0 ushcl

(
�G

�L

)0.5
(16)

If it is assumed that the flows are highly mixed, the turbulent
Schmidt number can be assumed equal to one. Thus, the turbulent
viscosity is equal to the product of density and eddy diffusivity [24].
The clear liquid height, hcl, which is used in Eqs. (15) and (16) is
calculated by the method proposed by Bennett et al. [13].

Here the simplifications that are introduced by V.A. Danilov are
made in order to have equations that are more convenient for solu-
tion [17]. They accepted froth regime of tray to be characterized
with well developed turbulence in liquid phase which gives full
mixing along height (∂CL/∂z = 0, ∂uL/∂z = 0, ∂� L/∂z = 0). Turbulence
in the bulk of liquid phase is accepted isotropic (�T

L = const) and
thermal properties changing are insignificant.

The equations of momentum transfer for liquid phase are then
written in two-dimensional form as

uL
∂uL

∂x
+ vL

∂uL

∂y
= − 1

�L

∂P

∂x
+ �t,L

∂2uL

∂x2
+ �t,L

∂2uL

∂y2
+ ML.G,x

�L
(17)

uL
∂vL

∂x
+ vL

∂vL

∂y
= − 1

�L

∂P

∂y
+ �t,L

∂2vL

∂x2
+ �t,L

∂2vL

∂y2
+ ML.G,y

�L
(18)

∂uL

∂x
+ ∂vL

∂x
= �L

�L
(19)

Boundary conditions for Eqs. (17)–(19) are set as follows:

x = 0, uL = uL,0, vL = 0 (20)

x = l,
∂uL

∂x
= 0

∂vL

∂x
= 0 (21)

y = 0,
∂uL

∂y
= 0, vL = 0 (22)

y = ywall(x), uL = 0, vL = 0 (23)

The mass transfer of a gas into a reactive liquid follows a

sequence of three steps: dissolution, diffusion, and reaction. The
process can be best described using the two-film theory, which was
developed, by Lewis and Whitman (Fig. 2) [27].

According to this theory, there exist a thin surface, gas–liquid
interface, that separates the gas bulk from the liquid bulk and there
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and one algebraic equation for the concentration of the six species
Fig. 2. Description of the two-film theory for reactive gas absorption process.

re two adjacent liquid and gas films. All the resistances to the mass
nd heat transfer process are assumed to occur in these films. Tem-
erature of gas at the entrance is Tg

in
, molar flow rate is Vin, and

omposition is �yin. It contacts a liquid, with temperature of Tl
in

,
olar flow rate Lin, and composition �xin. The diffusion process is

ne-dimensional and takes place perpendicular to interface; the
as–liquid interface is located at z = 0. Solute gas i crosses the inter-
ace into the liquid phase with a flux Ni,z. Due to the resistance in the
as phase, the concentration of the gas drops linearly from Pi,blk in
he gas bulk to Pi,int at the gas liquid interface. The gas then dissolves
n the liquid at the gas liquid interface where its concentration is
iven by Ci,int. It then diffuses and reacts with a liquid species k in
he liquid film. As a result, the gas concentration drops to Ci,blk at
he edge of the liquid film. The concentration of the liquid species
also drops from Ck,blk at the edge of the liquid film to Ck,int at the
as liquid interface (Fig. 2).

The molar flux of the diffusing gas i must satisfy the following
hree relations:

i,z = Vinyi,in − Voutyi,out

a
(24)

i,z = kg,i(Pi,blk − Pi,int) (25)

i,z = k
◦
l,iEi(Ci,int − Ci,blk) (26)

here a is the total area of the gas–liquid interface, are mass transfer
oefficients of kg,i and k

◦
species i in gas and liquid, respectively. Ei
l,i

s the enhancement factor of mass transfer for species i. The latter
orrects for the effect of chemical reactions on the gas absorption
ate. Hence, it is defined as the ratio of gas flux calculated in the
resence of chemical reaction to that which would happen in the

Fig. 3. Typical cell, for which conservati
ing Journal 151 (2009) 286–294

absence of chemical reactions at the same driving force:

Ei =
−Di(dCi/dz)|z=0 + r′

i

∣∣
z=0

k
◦
l,i

(Ci,int − Ci,blk)
(27)

where Di is the diffusivity of the solute gas i in the solution and
r′
i

∣∣
z=0

is the rate of surface reaction of gas i at the gas–liquid inter-
face. This term is nonzero for only instantaneous reactions such as
the reactions of the alkanolamine with H2S.

Higler et al. [18–22] developed a non-equilibrium (NEQ) cell
model to describe the operation of tray column. These assumptions
are made in applying his model.

• Chemical reactions take place only in the liquid phase.
• Coupling between mass transfer and chemical reactions within

the diffusion layer is accounted for.
• The use of multiple well-mixed cells in the liquid and vapor flow

directions accounts for staging in either fluid phase.

In this study an improved form of Higler’s cell model in steady
state conditions has been applied to gas absorption process. In
Higler’s model the tray space is divided to several even cubes with
the same gas and liquid entering flow rates. Since uniform distri-
bution of flows into the cells is unlikely true because of velocity
distribution across the plate, so in this work distribution of flow into
the cells were considered based on actual velocities cells shown
in Fig. 3. Mass balance for each species in this cell with different
entering flow rates can be written in the following form:

Ni,j = Vg,j,inyi,j,in − Vg,j,outyi,j,out

= Ei,jaA′
Jhclkl,i,j(Ci,j|int − Ci,j,blk) +

4∑
k=1

Di
∂Ci,j,k

∂zk
Aj,k (28)

where i stands for CO2 and H2S and j for each cubic cell. C is the
concentration of each component in liquid, Vg is the volumetric
flow rate of gas entering to cubic cell. Flow rate of gas is assumed to
be distributed evenly. A′

j
is the side area of each cubic cell and hcl is

the height of the cell. By k we mean each face of the cubic cell and
Aj,k is each face of cell.

These equations will be applied to all cubes that discrete the
volume of tray in x and y directions. Liquid and gas enter to and exit
from it in all four sides of cubes which are acting as a continuous
stirred tank reactor (CSTR)

Governing equations in the liquid film can be resulted from
combining the mass balance equation in the reacting film, charge
balance in the liquid film and reaction equations between acid gases
and MDEA. The final governing equations including five differential
CO2 (A1), H2S (A2), MDEA (B2), HCO3
− (E2), HS− (E3), and MDEAH+

(F2) in the liquid film is written. The symbols in parenthesis are
introduced to simplify the notations. The five differential equa-
tions and one algebraic equation obtained by material balance for

on of mass and energy is written.
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Table 1
Boundary conditions of governing equation on liquid film.

At � = 0 (gas–liquid interphase)

dA1
d�

+ ˇA1

(
YA1,in − yA1 ,eqA1

1−yw,eq−yA1 ,eqA1−yA2 ,eqA2

)
= 0

dA2
d�

−
(

sB2
sA2

pA2

)
dB2
d�

+ ˇA2

(
YA2,in − yA2 ,eqA2

1−yw,eq−yA1 ,eqA1−yA2 ,eqA2

)
= 0

dE2
d�

= 0 dB2
d�

+
(

s̄pE3
sB2

)
dE3
d�

= 0 A2B2 − E3F2 = 0

At � = 1 (edge of the liquid film)
A1 = 1 A2 = 1 B2 = 1 E2 = 1 E3 = 1

Table 2
List of the dimensionless groups.

Dimensionless variables

A1 = CA1
CA1 ,blk

A2 = CA2
CA2 ,blk

B2 = CB2
CB2 ,blk

E2 = CE2
CE2 ,blk

E3 = CE3
CE3 ,blk

F2 = CF2
CF2 ,blk

� = z
ıl

RMDEA = ı2
l

rMDEA-CO2
DA1

CB2 ,blk

G1 = 0 G2 = g2
CB2 ,blk

G3 = g3DB1
CB1 ,blk

G4 = g4DB2
CB2 ,blk

G5 = g5ı2
l

C2
B2 ,blk

Dimensionless parameters

qi = Ci,blk
CB1 ,blk

pi = Ci,blk
CB2 ,blk

si = Di
DA1

s̄ = D̄
DA1√ ′

a

F

a
t

4

[

H

H

w
g

h

3. When enhancement factors are converged in all the cells, exact
solution of Eqs. (17)–(23) would be possible in order to obtain
the new velocity distribution in the liquid. The procedure was
repeated from step 2 until difference in the velocities of two
consecutive iterations was within a certain small range.
MMDEA = kIDA1 CB2,blk/(k◦
A1

)2
�MDEA =

k
R1R2R3N

CB2 ,blk

k′
R1R2NH

CB1 ,blk

ˇA1 = VI

k
◦
A1

a CA1 ,blk
ˇA2 = VI

k
◦
A2

a CA2 ,blk

system shown in Fig. 2 are [27]

d2A1

d�2
= −RMDEA

pA1

(29)

d2A2

d�2
=

(
sB2

sA2 pA2

)
d2B2

d�2
+

(
1

sA2 pA2

)
RMDEA (30)

d2B2

d�2
= − G4

sB2 G2
RMDEA − G5

G2
(31)

d2E2

d�2
= RMDEA

pE2 s̄
(32)

d2E3

d�2
= −

(
sB2

s̄pE3

)
d2B2

d�2
−

(
1

s̄pE3

)
RMDEA (33)

2 = 1 + 1
pF2

[pE2 (E2 − 1) + pE3 (E3 − 1)] (34)

Boundary conditions of governing equations in the liquid film
nd dimensionless groups are listed in Table 1 and Table 2 respec-
ively.

. Heat effects

The enthalpy of the gas, Hvap, and the liquid, Hliq, are given by
1]:

vap = V
∑

i

yih
vap
i

(35)

liq = L
∑

xih
liq
i

(36)
i

here hvap
i

and hliq
i

are the molar enthalpy of component i in the
as and liquid phase, respectively. These are given by
vap
i

= href (Tref ) + C̄p,i(T − Tref ) (37)
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For solvent H2O, MEA, DEA and MDEA

hliq
i

= hvap
i

− (+�hv
i ) (38)

For dissolved CO2 and H2S

hliq
i

= hvap
i

− (−�habs
i ) (39)

∑
j

�lHl,jVl,j.nj + �g(Hg,inVg,in − Hg,outVg,out) = 0 (40)

where href is the gas enthalpy at some reference temperature Tref,
and C̄p ,i the constant pressure ideal gas mean heat capacity and
+�hv

i
and −�habs

i
are the heats of vaporization and absorption of

component i, respectively. The heat of absorption includes the effect
of mixing and reaction. These equations assume ideality and are
only applied to the molecular components. The effect of the ionic
components on the liquid enthalpy is accounted for in the heat of
absorption term.

5. Method of solution

After discretization a tray space as shown in Fig. 4, the following
sequential steps were taken to solve Eqs. (17)–(40):

1. Eqs. (17)–(23) were solved on a tray in a two-dimensional space
in order to calculate approximate velocity at each point. At this
step zero was assigned for interphase mass transfer.

2. Having approximate velocities at surfaces of cubic cells from step
1, it was possible to write material and energy balance in each
cell to establish Eqs. (28) and (40), respectively. Simultaneous
solutions of these equations for all cells will give output streams
from a tray provided that the enhancement factors are known.
To find the enhancement factor for each cell the following two
steps are necessary:
(I) Enhancement factors for all cells in the first step was

assumed to be one and the output streams from cells were
calculated using Eqs. (24)–(26).

(II) Having outputs from each cell, governing equations in the
liquid film (29)–(34) were solved to obtain concentration
profile in the liquid film. Once concentration profiles are
in hand Eq. (27) will give new values for enhancement fac-
tors. These new values of enhancement factors are corrected
in an iterative procedure from step I until convergence for
enhancement factors are reached in each cell.
Fig. 4. Discretization of tray in x and y directions.
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Table 3
Specifications of column and sieve trays.

Diameter Height No. of trays Burble area Active area Diameter of holes Weir height Tray spacing

2.895 m 16.46 m 20 3393.5 cm2 42411.96 cm2 0.5556 cm 14.1 cm 80 cm

Table 4
Conditions of feed gas (sour) and lean amine streams.

H2S CO2 CH4 H2O MDEA Flowrate Temperature (K)

Feed gas 4.00 6.54 89.43 0.03 – 7236.53 kmol h−1 294.1
Lean amine – – – 91.92 8.08 18453.49 kmol h−1 327

Table 5
Comparison of model results and industrial data for sweet gas and rich amine.

H2S CO2 CH4 H2O MDEA F (kmol h−1) T (K)

Sweet gas
Model 3.8 ppm 2.47 97.24 0.29 – 6503.01 329.4
Industrial 4 ppm 2.55 97.16 0.29 – 6502.20 330

R
88.32 7.77 19187.02 350
88.35 7.81 19188.11 350.5
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ich amine
Model 1.51 1.63 0.77
Industrial 1.47 1.65 0.72

. Results and discussion

The model that explained in the previous sections, tested by
perational data from an industrial plant. Design specifications of
he absorber and representative input conditions of the sour gas
nd lean amine in the plant are summarized in Tables 3 and 4.

However the experimental data of inter-sections of this tower
as not available and only end point results of operating tower can
e compared with the results of presented mathematical model.
his comparison is shown in Table 5.

Three representative trays, bottom tray (no. 1), middle tray (no.
0) and upper tray (no. 20), are considered to demonstrate velocity
istribution. Temperature and concentration distribution are inves-
igated in tray no. 1. Fig. 5 shows velocity distribution on mentioned
rays. Trays are ordered from the bottom of the tower to the top
n the direction of gas flow. Fig. 5 depicts appreciable variations
f velocities of both direction and magnitude of velocity over the
rays. The liquid velocity is higher in lower trays, because flow rate
f liquid increase from top to bottom of the column. Lean amine
bsorbs acid gases during flowing from top to bottom and its flow
ate increases. Higher velocity in the bottom trays increases the
urbulency of liquid flow. In the upper trays we have two differ-
nt regions for velocity distribution. Far from the tray wall, stream
ine of velocity is somewhat constant and they are nearly straight.
ccording to the boundary conditions, both components of veloc-
ty (x component and y component) are zero on the contacting wall
nd this effect is preserved near the wall. As we move from the wall
way to the center, shape of streamlines approaches to the straight
ines. When we move toward the bottom of the absorption tower,
he turbulence of liquid increases and it can be readily observed that

Fig. 5. Flow streams on tray no. 1: uL0 = 0.0845 m/s; tray
Fig. 6. Averaged temperature (K) distribution on tray no. 1.

in tray no. 1 velocity distribution is very complicated and vortexes
are spread up to the middle of the tray.

The temperature distribution of tray is shown in Fig. 6. As one
can see from this figure, temperature from entrance weir of tray
to exit weir increases because of the chemical absorption of acid
gases into MDEA and due to exothermic nature of reactions. How-
ever, according to Fig. 5, there are some areas near walls, where
velocity is approximately zero. This phenomenon also is confirmed

in Figs. 7 and 8. These areas have two distinct effect on concentra-
tion of H2S and CO2. Concentration of CO2 increases near the wall
while the concentration of H2S decreases in that area. This differ-
ence in behavior of concentrations of H2S and CO2 near the walls
can be due to the fact that the reaction between H2S and MDEA is

no. 10: uL0 = 0.0785 m/s; tray 20: uL0 = 0.0778 m/s.
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Fig. 7. Averaged distribution of mole percent of H2S on tray no. 1.

f
a
s
c
H

p
s
o
a
i
H

F

2
absence of other acid gases can easily be reached by adjusting these
variables.
Fig. 8. Averaged distribution of mole percent of CO2 on tray no. 1.

ast while the reaction between CO2 and MDEA is not only slow but
lso it is a more stable reaction. Thus in this regions where the two
pecies have sufficient residence time to compete, CO2 get more
hance to react with MDEA and this causes the concentration of
2S in liquid to decline.

Concentration profiles for individual transferring species in gas
hase along the tower were found to follow expected trends as
hown in Fig. 9. No unusual or unexpected behavior was ever

bserved indicating thereby that our theoretical and numerical
pproach to modeling the process is suitable. In the liquid as shown
n Fig. 10, absorptions of H2S and CO2 are mostly in the form of
S− and HCO3

− and they consumes MDEA and produces MDEAH+.

ig. 9. Variations of average percent of transferring components in gas phase.
Fig. 10. Variations of average percent of transferring components in liquid phase.

Therefore concentration of MDEA + MDEAH+ is constant, because it
is fairly assumed that this component cannot transfer to the gas.
However variations of mole fraction of MDEA + MDEAH+ is due to
variation of mole fraction of the other transferring components.
Also, condensation of H2O from gas to liquid and production of H2O
from reaction will increase fraction of water in liquid.

As can be seen from Fig. 10, with increasing stage number, the
acid gases concentration decrease. Reaction between CO2, H2S and
amine occurs in the liquid along the column during which the acid
gases transfer to liquid. Absorption mechanism of CO2 and H2S is
different. The constant of reaction rate between CO2 and amine is
small and consequently CO2 absorption is low. The high concen-
tration of the acid gases and scarcity of the amines in the bottom
of the column makes two reactions of CO2 and H2S with amines
very competitive. Because of the instantaneous reaction between
H2S and the amines, absorption of hydrogen sulfide is high and it
consumes major part of the amines and leaving small fraction to
react with CO2. The absorption of H2S is limited by the equilibrium,
which is governed by the inlet liquid stream H2S loading and tem-
perature in addition to the molality of the alkanolamine and the
system pressure. Therefore, any degree of purification of H S in the
According to Fig. 11 temperature generally increases toward the
bottom of the column. In upper trays, heat of reaction between acid

Fig. 11. Temperature profile for liquid and gas phases along the absorption tower.
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ig. 12. Variation of averaged H2S, CO2 enhancement factor profile vs. stage number
n absorption tower.

ases and amine has minor effect on gas and liquid temperature,
ecause gas is approximately is free of acid gases to react with
mine. Variation of liquid and gas temperature in upper trays is
ainly because of heat exchange between gas and liquid flows and

fter fifth tray their temperature equalized. Since the major parts
f reactions take place in liquid of the bottom trays, temperature of
hese trays increases due to heat transfer limitations.

Fig. 12 shows that the CO2 enhancement factors are close to unity
or the MDEA system. In most trays CO2 enhancement factor is lower
han unity because it cannot compete with H2S in liquid film. How-
ver, according to the definition of enhancement factor of CO2, it
annot be less than unity in the absence of H2S. This indicates that
O2 reaction with the MDEA occurs in the liquid bulk. Therefore,
he process of CO2 absorption with MDEA is controlled only by the
hysical diffusion of CO2 in the liquid film. The H2S enhancement

actor is about unity at bottom of the absorber. The extreme vari-
tion of the H2S enhancement factors along the absorber results
rom the competitions of H2S and CO2 to react with MDEA. These
nteractions is quantified by the numerical solution of the governing
ifferential and algebraic Eqs. (29)–(34). The extraordinary trends
annot obviously be obtained from simple analytical enhancement
actor expressions.

. Conclusion

The presented two-dimensional model considers distributions
f temperature, concentration and velocity over sieve trays in the
rocess of absorption of acid gases, H2S and CO2 into solution of
DEA. This model is based on the two-film theory and considers the

cceleration of mass transport due to a complex system of chemical
eactions in each cell over the tray space and it is not using simpli-
ed enhancement factor concepts for a single tray. The suggested
odel validated with operational data of an industrial plant and it

an be regarded as good mathematical model in a wide range of
perating conditions. The model presented in this work indicates
ppreciable changes of velocity, temperature and concentration

ll over the trays which is originated from different mechanism
f reaction of MDEA with H2S and CO2. This phenomenon affects
emperature distribution over the tray and across the tower and
lso reduces enhancement factor of CO2 below the unity which is
nexpected. The magnitude of distributions of temperature, con-

[

[

ing Journal 151 (2009) 286–294

centration and velocity increases from top to bottom of the column
because flow rate of liquid increases and this intensifies the turbu-
lence in bottom trays. The suggested model is a unique study and for
the first time uses CFD frame to find the velocity, temperature and
concentration distribution at different parts of a sieve tray column.
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